A series of zirconia supported molybdenum oxide materials with Mo loadings of 7, 12, and 19 wt% were synthesized using incipient wetness impregnation. The as synthesized oxide materials were further modified under H 2 /CH 4 (80/20%, v/v) at 550 and 700°C. The obtained catalysts were characterized by ICP-OES, XRD, Raman spectroscopy, H 2 -TPR, NH 3 -TPD, XPS, (S)TEM-EDX, BET, CHNS and CO chemisorption. While the Mo species, i.e., MoO 3 and Zr(MoO 4 ) 2 , in the 7 wt% Mo loaded material were found to be of rather amorphous nature, their crystallinity increased significantly with Mo loading. The anisole hydrodeoxygenation performance of the catalysts was evaluated at gas phase conditions in a fixed bed tubular reactor in plug flow regime. A predominant selectivity towards hydrodeoxygenation and methyl transfer reactions rather than to hydrogenation was observed, irrespective of the Mo loading and further treatment, yet interesting differences in activity were observed. The highest anisole conversion was obtained on the catalyst(s) with 12% Mo loading, while the 7% Mo loaded one(s) exhibited the highest turnover frequency (TOF anisole ) of 0.15 s −1
Introduction
Accelerated consumption of fossil fuels has led to major global concerns with respect to availability and sustainability. The need for sustainable energy sources and corresponding conversion technologies is increasing for lowering the carbon footprint related to transportation and chemicals production. To address these concerns, out of several alternatives biomass appears to be a promising option to meet the growing sustainable energy demands. It is one of the most abundantly available renewable resources on earth and practically the only one to be converted to liquid fuel [1, 2] . Lignocellulose is currently the most abundant source of plant biomass, which can be converted to bio-oil through catalytic and/or thermochemical processing (e.g., fast pyrolysis) [1] . Due to its high viscosity, high oxygen content, low heating value, pronounced thermal instability and incompatibility with conventional fuels, bio-oil tends to char surfaces and decrease efficiency [3] . Thus, bio-oil needs chemical upgrading to mitigate these issues related to the oxygen content, stability, viscosity, and energy value. Catalytic hydrodeoxygenation (HDO) of bio-oil seems to be an attractive route for improving the quality of the oil [4, 5] .
The complexity of lignin, and consequently of the derived fast pyrolysis oil, has prompted the use of model compounds such as phenolics, furans, ethers, acids etc. to study the intricacies of hydrodeoxygenation. Among the oxygenates in bio-oil, phenolics constitute one fourth fraction and are the most resistant to HDO [5, 6] . Anisole, because of its methoxy group, has already been widely investigated as a model compound for lignin derived bio-oil [2, [7] [8] [9] [10] [11] . It is desirable to break the C aromatic eO bond in anisole rather than the C aliphatic eO bond to eliminate the oxygen heteroatom, however, accomplishing that poses a specific challenge as the C aromatic eO bond energy exceeds that of C aliphatic eO by 84 kJ mol −1 [5] . Moreover, deoxygenation is normally preferred over aromatic ring hydrogenation for minimizing the hydrogen consumption as well as to maintain appropriate aromatic content [12] [13] [14] . Catalytic HDO of bio-oils has been studied on noble metal catalysts such as Ru, Pt, Pd and also on traditional hydrotreating catalysts such as sulfided CoMo and NiMo [2, 5, 15, 16] . Although sulfided catalysts exhibit superior activity in bio-oil HDO, due to low sulfur contents in biooil, additional sulfur need to be added to the feed to keep the catalysts active. Thus, leading to sulfur contamination of the end products. Noble metal catalysts are economically non-viable due to high hydrogen consumption and are susceptible to poisoning by low levels of contaminants such as iron or sulfur. Thus, significant challenges remain in the rational design of adequate HDO catalysts for bio-oil upgrading with lower H 2 consumption, higher HDO activity, and longer catalyst life.
Preferably non-noble, non-sulfided HDO catalysts should be developed to overcome the issues mentioned above. Recently, major advances have been made in the area of transition metal based catalysts, particularly with respect to Mo oxide and carbide for HDO [9] [10] [11] [17] [18] [19] [20] . Previous reports have shown the significant potential of Mo based catalysts towards hydrogenolysis, hydrogenation and hydroisomerization type of reactions [21] [22] [23] [24] [25] [26] [27] . Román-Leshkov et al. demonstrated the MoO 3 catalyst performance in cleaving C aromatic eO bonds and highlighted the importance of Mo 5+ species on the catalyst stability [9, 10] . The latter species result from a partial carburization of the surface to transform MoO 3 into an oxycarbohydride (MoO x C y H z ) [10, 22, 28] . MoO 3 catalysts have also exhibited high alkane and/or aromatic yields (up to 90%) in the conversion of real bio-oil vapors [29] . An oxygen vacancy driven mechanism was hypothesized to be responsible for HDO over both bulk and supported MoO 3 catalysts [9, 17] . Mortensen et al. discussed the oxidation of Mo 2 C to MoO 2 under HDO conditions, as a cause of catalyst deactivation [30] . Bhan and coworkers have shown that partially oxidized molybdenum carbide can selectively hydrodeoxygenate biomass-derived molecules with near absence of sequential hydrogenation [31, 32] . The above studies indicate the critical role of intermediate state(s) between an oxide and a carbide form of Mo species on its catalytic performance, including stability. We have adopted a post-synthesis modification procedure on MoO 3 using H 2 /CH 4 mixture, inspired by carburization procedures [33, 34] to achieve the critical intermediate oxidation state of Mo oxide. On supported MoO 3 catalysts, interactions with the support lead to mixed oxide species. Generally, the mixed oxide concentrations vary with the Mo loading on the support and the calcination temperature, amongst others [35, 36] . Moreover, structural changes of the mixed oxide as well the Mo oxide itself can affect the reducibility as well as catalyst activity [35] [36] [37] [38] [39] . The present work, hence, focuses on the development and characterization of supported molybdenum oxides with different Mo loadings and examines the impact of preparation conditions and catalyst surface composition on its activity and stability during catalytic HDO of anisole. Aiming at avoiding hydrothermal stability challenges of alumina supports [5] , as well as to lower the potential for carbonaceous deposits formation, a less acidic surface, i.e., ZrO 2 was evaluated as support [40] . In addition, an insight into the anisole HDO reaction pathways is given through intrinsic kinetic experiments varying space-time, temperature, along with stability tests performed over present catalysts.
Experimental methods

Catalyst preparation
Molybdenum oxide catalysts supported on zirconia were prepared targeting three levels of Mo, determined by ICP-OES to be ca. 7, 12, and 19 wt%. An incipient wetness pore filling procedure was employed for impregnating the zirconia support with an aqueous solution of ammonium heptamolybdate ((NH 4 ) 6 Mo 7 O 24 ·4H 2 O, Alfa Aesar). Zirconia (Alfa Aesar) pellets were first crushed and sieved to obtain the 100-300 μm particle size fraction, which was subsequently calcined at 500°C for 5 h prior to impregnation. After the impregnation, the samples were initially dried at room temperature for 12 h and afterwards at 110°C for 24 h, followed by calcination under flowing air (ca. 150 ml/min) at 500°C for 5 h. The calcined materials were referred as xMoO 3 with "x" the Mo loading. Further, the calcined materials were subjected to a post-synthesis modification under H 2 /CH 4 gas mixture. The oxide sample was heated at a rate of 1°C min −1 under H 2 /CH 4 (80% v/v) gas mixture till a target reduction temperature was reached and subsequently held there for 1 h at atmospheric conditions. As a part of this treatment, two different target temperatures, i.e., 550 and 700°C were employed and the corresponding materials were referred as Mo550 and Mo700 respectively. This was followed by a passivation step with (1% v/v) O 2 /Ar at room temperature for 2 h for subsequent transportation purposes of the catalyst.
Catalyst characterization
N 2 adsorption-desorption isotherms of the powdered catalyst samples were measured at -196°C using a Micromeritics TriStar II 3020 instrument. The specific surface area (S BET ) was calculated by the Brunauer-Emmett-Teller (BET) method. Prior to these measurements, the samples were outgassed at 200°C for 2 h.
The total amount of Mo in as-prepared catalysts was determined by means of inductively coupled plasma optical emission spectroscopy (ICP-OES, ICAP 6500, Thermo Scientific). The samples were mineralized by alkaline fusion with Na-peroxide.
A Micromeritics AutoChem 2920 instrument with a thermal conductivity detector (TCD) was applied for the temperature programmed reduction, H 2 -TPR. Sample amounts of ca. 100 mg were loaded in a Ushaped tubular quartz reactor, with an internal thermocouple positioned at the level of the sample bed. To obtain the TPR profiles the temperature was progressively increased from ambient to 1000°C at a rate of 10°C/min in a mixture of 10 vol% H 2 /He (60 ml/min).
Ammonia temperature programmed desorption (NH 3 -TPD) experiments were conducted also on the AutoChem 2920 instrument. Prior to NH 3 -TPD, the sample was purged with high-purity (99.999%) helium (60 ml/min) at 200°C for 1 h. After pretreatment, the sample was saturated with high purity anhydrous ammonia employing 4 vol% NH 3 / He (75 ml/min) at 80°C for 2 h and subsequently flushed at 110°C for 1 h to remove physisorbed ammonia. The TPD analysis was carried out from ambient temperature to 800°C at a heating rate of 10°C/min. The amount of NH 3 desorbed was quantified by calculating the area under the TPD curve.
The active surface adsorption properties were determined by volumetric CO chemisorption on a Micromeritics ASAP 2020 instrument. CO chemisorption provides a measure for the accessibility of the catalytically active phase, such as the Mo dispersion. The latter is obtained from the CO uptakes and the known molybdenum concentration in the samples, assuming a chemisorption stoichiometry of CO:Mo = 1:1. The catalyst (200 mg) was loaded in a U-shaped quartz reactor and initially evacuated at 120°C for 60 min. Afterwards, it was reduced in flowing H 2 at 350°C (heating rate 10°C/min) with a hold time of 2 h in case of MoO 3 and 0.5 h in case of Mo550 and Mo700. Subsequently, it was evacuated at 350°C for 50 min, then cooled down to 40°C, and evacuated for another 30 min. The adsorption isotherms were measured at 40°C by determining the adsorbed amount of CO at different pressures in the range 20-500 mmHg. Adsorbed volumes were obtained by extrapolating the linear part of the adsorption isotherm to zero pressure.
Raman spectroscopy of fresh catalyst samples in powder form was performed at room temperature with a RXN1 Raman spectrometer (Kaiser Optical Systems) equipped with a 532 nm Visible (VIS) solidstate diode pumped green laser operating at 40 mW using an optical probe. The collection optics system was used in the backscattering configuration.
X-ray Diffraction (XRD) patterns of the powdered catalyst samples were recorded at room temperature on a Siemens Diffractometer Kristalloflex D5000, using Cu Kα radiation (λ = 1.54 Å). The X-ray tube voltage was set to 40 kV and the current to 50 mA. XRD patterns were collected in the range of 2θ from 10°to 90°with a step size of 0.02°.
In-situ XRD measurements were performed in a reactor chamber housed inside a Bruker-AXS D8 Discover apparatus (Cu Kα radiation of 1.54 Å). The reactor chamber had a Kapton foil window for X-ray transmission. The setup was equipped with a linear detector covering a range of 20°in 2θ with an angular resolution of 0.1°. The pattern acquisition time was 10 s. For each sample, approximately 20 mg of powdered sample was evenly spread on a single crystal Si wafer. Interaction of the catalyst material with the Si wafer was never observed. Before each experiment, the reactor chamber was evacuated to a base pressure of 4 Pa by a rotation pump. Gases were supplied to the reactor chamber from a rig with calibrated mass-flow meters. The evolution of the catalyst structure during TPR under H 2 /He and H 2 /CH 4 was investigated. A full XRD scan (15°-75°with step size of 0.02°) was taken at room temperature before and after TPR.
X-ray Photoelectron Spectroscopy (XPS) analysis was performed under ultrahigh vacuum conditions using an Axis Ultra DLD XP spectrometer from Kratos Analytical and monochromatic Al Kα radiation (hν = 1486.6 eV). A pass energy of 160 eV was used for survey scans and 20/40 eV was used for the individual core levels. Charge compensation using low energy electrons was applied during acquisition. The binding energy scales were calibrated to the adventitious carbon of C1s component at 284.6 eV. The background was subtracted using a Shirley function and the spectra were fitted using a convolution of Gaussian and Lorentzian functions.
Transmission Electron Microscopy (TEM) was used for structural analysis, while EDX yielded local elemental mapping. These techniques were implemented using a JEOL JEM-2200FS, Cs-corrected microscope operated at 200 kV, which was equipped with a Schottky-type fieldemission gun, FEG, and EDX JEOL JED-2300D. All samples were deposited by immersion onto a lacey carbon film on a copper support grid.
The carbon content in spent and fresh catalyst materials was analyzed by CHNS elemental analysis. These measurements were performed on a Thermo Flash 2000 elemental analyzer using V 2 O 5 as catalyst. Sample cups are tightened and the analysis waiting time kept as short as possible to minimize re-adsorption of water, affecting the weight and elemental composition of the samples.
Catalyst testing
Setup and operating conditions
Kinetic experiments for gas phase anisole HDO were carried out in a state of the art high throughput kinetic screening setup, HTK-S [41] . A schematic representation of the setup is provided in S.I. Fig. 1 . The setup contains 16 parallel reactors, located in 4 blocks with 4 reactors each. A single feed to one reactor block is generated via 2 gas lines and 1 liquid line. Capillaries ensure an equal distribution of the total (gas and liquid) flow to the four reactors contained in a reactor block. In this work hydrogen diluted with helium was used as gas feed and anisole dissolved in n-hexane with some n-octane as an internal standard as the liquid feed. Both temperature and pressure are identical for all 4 reactors in a reactor block. The catalyst particles with mesh size 100-200 µm, diluted with α-alumina inert of the same size, were placed in the catalyst bed between two inert α-alumina layers. The inert layer present on top of the catalyst bed aids the liquid feed vaporization and also ensures adequate mixing and development of a plug flow regime before reaching the catalyst bed. Filter frits are positioned at the reactor outlet to keep the bed in the desired position. The reactor outlet leads to a multiport valve, vent, and gas-liquid separator through a T-piece junction. This multiport valve allows selecting which reactor effluent will be sent to the GC for on-line analysis. In the present study, the downstream of the reactor outlet is heated up to 150°C and diluted with N 2 to ensure that the effluent remains entirely in the vapor phase until it reaches the GC. The product stream is analyzed with the help of an on-line gas injection. The on-line analysis is performed with a DHA (Detailed Hydrocarbon Analyzer) TraceGC1310 equipped with 2 flame ionization detectors (FIDs, front and back). For the present analysis, the Front FID with a Rtx-PONA column (L = 100 m, i.d. = 0.25 mm) was used.
Catalyst pre-treatment
Catalyst pre-treatment was carried out to transform the catalyst into its active form. The catalyst sample was dried at 180°C first for 2 h under helium and subsequently heated till 350°C at 5°C min −1 under H 2 /He (70% v/v) and maintained at that temperature for 1.5 h at a total pressure of 0.5 MPa. Calcined oxide materials (MoO 3 ) were subjected to this pre-treatment. The performance of MoO 3 pretreated under H 2 /CH 4 (4 v/v) at 550°C prior to the reaction, instead of the conventional H 2 reduction has also been verified and was found to result in a somewhat reduced activity, however, with a similar selectivity. As for the postsynthesis modified materials (Mo550 and Mo700), only the drying step under He was performed without the H 2 reduction step. After the pretreatment, the temperature is changed to the target reaction temperature and, once stable, other operating parameters such as feed flow rates are set to start the actual kinetics measurement. The oxygen passivation layer on Mo550 and M0700 is removed by H 2 at the reaction temperature, prior to feeding anisole.
Data treatment
The conversion of feed component k, X k , is defined on a molar basis as shown in Eq. (1),
F k 0 and F k represent the inlet and outlet molar flow rates of component k. The selectivity, Sel i , for product i coming from the feed component k is calculated using Eq. (2) on an elemental carbon basis where cn i is the number of carbon atoms in molecule i.
S HDO , Y HDO are used to identify the hydrodeoxygenation performance of the investigated catalysts. The total amount of deoxygenated products formed on molar basis is defined as shown in Eqs. (3) and (4): 
N Mo represents the number of moles of exposed Mo atoms on the catalyst surface. N Mo is calculated from the Mo dispersion obtained through CO chemisorption measurements.
Kinetic regime verification
Measurement of intrinsic kinetics requires that the performance is free from mass and heat transfer effects. Several criteria for the assessment of these effects have been proposed and successfully employed in the present work [43] . Mass transfer at the gas-solid interphase was assessed by calculating the dimensionless Carberry number, Ca, [44] at the extremes of the operating conditions. With Carberry numbers well below the limit value of 0.05, see also S.I. Table 1 , such external mass transfer was found not to be limiting. The Weisz-Prater [45] criterion addresses the intra-particle diffusion for various reactants and products. At the present operating conditions, the Weisz modulus was well below the limit value of 0.08. The absence of heat transfer was verified via the criteria reported by Mears [46] . The temperature gradients were compared with the maximum allowed limits between the gas-solid interphase ΔT G-S and particle ΔT int . The most critical values of ΔT G-S and ΔT int were found to be at the highest operating temperature and are sufficiently lower than Mears' criterion of 2.2°C, confirming the absence of heat transfer limitations. A tubular reactor is said to be operated in plug flow regime when the axial dispersion can be neglected [47] and uniformity in the radial direction is achieved [48] . It also requires a minimal pressure drop over the catalyst bed. The operating conditions for the anisole HDO experiments over the series of Mo catalysts are summarized in Table 1 and the assessment of the corresponding criteria for intrinsic kinetics [49] is given in S.I. Table 1 . BET measurements, see also Table 2 and S.I. Fig. 2 , show that the specific surface area (S BET ) of the catalysts decreases as a function of the Mo loading. Such a trend can be attributed to a gradually increased filling of the pore volume [50, 51] . Post-synthesis modification under H 2 /CH 4 at 700°C decreased S BET of the investigated materials, an effect which became less pronounced with increasing Mo loading. This can be ascribed to the high temperature that favored the formation of relatively larger particles, predominantly at lower, i.e., 7 wt% Mo loading due to the amorphous form of Mo species present compared to more crystalline species present at 12 and 19 wt%. The less pronounced decrease in S BET for 12Mo700 is at the limit of being significant while no clear difference was observed in case of 19 wt% loading, in agreement with the more pronounced crystallinity. The Mo surface densities per unit surface area (Mo atoms/nm 2 ) were calculated from the MoO 3 concentration as determined by ICP and the BET surface area [39] . As can be seen from Table 2 , Mo surface density increased with Mo loading. S.I. Table 2 presents the CO chemisorption data over the investigated materials. It can be seen that the Mo dispersion values on all the catalysts are low. The evolution of the Mo species nature with increasing Mo loading and post-synthesis modification severity is further discussed via XPS and XRD analyses. The amount of exposed active Mo calculated through CO chemisorption data, see S.I. Table 2 , was further used to assess the average turn over frequencies (TOF). Carbon analysis (S.I. Table 3) indicated that far less carbon remained on the oxide structure after the post-synthesis modification at 550 and 700°C under H 2 /CH 4 mixture. This implies that the transformation occurring during this post-synthesis modification is essentially limited to MoO 3 reduction, possibly dominated by H 2 activation with a potential to create active defect sites induced by the treatment. The acidity of the investigated catalysts was quantified using the ammonia TPD method. The TPD profiles, see S.I. Fig. 9 , present intense peaks only at low temperatures (150-270°C) and weak peaks at higher temperatures (410-530°C, 700-720°C), implying the rather moderate acidity of the catalysts. The corresponding acidity values are given in S.I. Table 6 . Fig. 1 depicts the XRD patterns of the fresh supported Mo oxide catalysts. The diffractogram of the bare ZrO 2 support has also been included as a reference. As seen in Fig. 1 , the characteristic peaks of Zr (MoO 4 ) 2 are present only in the pattern corresponding to the high Moloaded sample, i.e., 19 wt%. Chen et al. [39] and El-sharkawy et al. [38] have reported that in the ZrO 2 -supported Mo oxide materials, an increase in Mo loading leads to higher Zr(MoO 4 ) 2 concentrations with a more pronounced crystallinity. This observation explains the absence of peaks characteristic of crystalline Zr(MoO 4 ) 2 on the lower, i.e., 7 and 12 wt%, Mo-loaded catalysts, see Fig. 1 . Zr(MoO 4 ) 2 may, however, still be present on both samples in XRD amorphous form, due to strong metal-support interactions (MSI). As can also be seen in Fig. 1 , a MoO 3 phase is identified in both 12MoO 3 and 19MoO 3 samples, while [36, 53] .
Crystallinity
In-situ XRD analysis was also carried out to monitor the structural changes of the materials under a reducing atmosphere. Fig. 3 presents the XRD patterns of the 19MoO 3 sample after reduction using two types of treatments, i.e., under H 2 /He flow and under H 2 /CH 4 flow. Fig. 4(a,  b) displays the time resolved in-situ XRD measurements during TPR under two different reducing conditions. Each yellow line segment designates the presence of a specific crystalline phase. The evolution of the crystalline species present in the sample is depicted as a function of reduction time, the latter determining the reduction temperature. The 2θ angle window was chosen between 20 and 40°to capture the characteristic intense line segments of all possible species present in the sample. As can be seen in Fig. 4(a) , the increase of the operating temperature under H 2 /He flow induces first the reduction of the Zr(MoO 4 ) 2 around 400°C followed by MoO 3 reduction to MoO 2 , in both monoclinic (m) and hexagonal (h) phases. ZrO 2 phase is present in the sample throughout the investigated temperature window, while no line segment corresponding to (partially) reduced zirconium oxide species is spotted. The increase of the operating temperature under H 2 /CH 4 flow, up to 550°C resulted in the virtually complete reduction of both Zr (MoO 4 ) 2 and MoO 3 phases and the formation of monoclinic and hexagonal MoO 2 , as can be easily identified in Fig. 4(b) . Further increase of the temperature up to 700°C, seems to induce further conversion of monoclinic MoO 2 . However, no metallic nor carbide Mo phase was detected. It can, hence, be assumed that monoclinic MoO 2 is transformed into hexagonal MoO 2 under the investigated conditions [54, 55] . Fig. 5 depicts the H 2 -TPR profiles of the supported Mo oxide samples. The TPR patterns suggest that the reduction of the supported molybdena occurs in two stages. The first is situated in the temperature range from 400 to 760°C (region I), followed by a second one at temperatures exceeding 760°C (region II) [40, 56] . Within region I, the first peak around 416-438°C can be attributed to the reduction of the mixed oxide phase Zr(MoO 4 ) 2 and the second one around 479-535°C to crystalline and/or octahedral MoO 3 by taking into account the ex-situ ( Fig. 1 ) and in-situ (Fig. 4 ) XRD data analysis [37, 40] . These two peaks shift to higher reduction temperatures with increasing Mo loading, which is attributed to the more pronounced crystallinity of the Zr (MoO 4 ) 2 and MoO 3 phases, as depicted in Fig. 1 [57] . Within the region II, the peak around 832-913°C is ascribed to the reduction of tetrahedral molybdena. This phase, the prevalent Mo oxide form at low Mo loadings is difficult to reduce due to strong metal-support interactions [37] . The further reduction of Mo 4+ species could also be associated with this high temperature peak, as observed on other supported-Mo materials [35, 58] . The corresponding hydrogen uptake values, given in Table 2 , were found to increase in a proportional manner with increasing Mo loading.
Reduction behavior
Surface composition
XPS spectra were acquired for the 12 wt% Mo oxide material (fresh and reduced) samples to investigate the surface composition as well as the nature of the surface Mo species. For this purpose, the high- 
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conductivity of the samples could be discarded [62] . Prior to any deconvolution of the XPS data, it is already evident that all catalyst samples contain a significant fraction of Mo 6+ species in the form of 3.1.5. Morphology and bulk composition (S)TEM analysis along with EDX elemental mapping has been performed to determine the structural features of MoO 3 catalysts with increasing Mo loading. In case of 7MoO 3 , the particle size is difficult to estimate as molybdenum is homogeneously spread over the support zirconia making a contrast pattern between Mo and Zr quasi identical, which is illustrated by the EDX analysis, see Fig. 7(a) . In case of 19MoO 3 there are more variations in the contrast between Mo and Zr elemental maps. This suggests coarse-scale inhomogeneity of Mo spread on the support surface of 19MoO 3 material, see Fig. 7(b) , likely due to the formation of bigger MoO 3 crystals along with development of a mixed oxide, Zr(MoO 4 ) 2 , which also has been evidenced through XRD. Moreover, EDX spectra of the samples (S.I. Fig. 5 analytical peaks. As it is difficult to estimate the particle size, for a quantitative understanding, the size of Mo oxide species aggregate is estimated from the HRTEM images, see Fig. 8 . Aggregate sizes increased with the Mo loading from 7 to 19 wt%, and grew to a maximum size of approximately 150 nm in 19MoO 3 , see Fig. 8(b) . At lower, i.e., 7 wt%, Mo loading, Mo aggregates are relatively small with their size not exceeding 20 nm, see Fig. 8(a) . This is indeed in agreement with the already discussed concept that at lower Mo loading, Mo oxide species exists mainly as well-spread amorphous polymolybdates as well as Zr (MoO 4 ) 2 , and at higher Mo loading as big size crystallites [37, 51, 58] , which also has been observed through XRD results, see Fig. 1 .
Catalytic performance 3.2.1. Activity tests and reaction network elucidation
Catalyst performance was assessed using anisole HDO as a model reaction in a temperature range of 300-360°C at 0.5 MPa total pressure, ensuring that the reaction was occurring in gas phase. The investigated catalysts were tested for their stability during anisole HDO at 340°C and 0.5 MPa, employing a H 2 to anisole inlet ratio of 50 mol mol −1 and a space time of 125 kg cat s mol
anisole . All MoO 3 catalysts exhibited a similar stability behavior with time on stream (TOS), i.e., the activity rapidly lines out during the first 20 h TOS and subsequently declines only moderately, see Fig. 9(a) . Some activity decrease persisted up to 100 h TOS, though being relatively limited compared to the initial decrease. Mo550 and Mo700 exhibited a less pronounced initial lining out followed by a more stable behavior. Yet the initial conversions on Mo550 and Mo700 were lower in comparison to the MoO 3 catalysts, see Fig. 9(b) for the 12 wt% Mo catalysts. It indicates that the reduction treatment with H 2 /CH 4 enhances the catalyst stability under HDO conditions but decreases the overall activity, which is attributed to enrichment of Mo 5+ and Mo 4+ species respectively, see also section 3.2.2. The products obtained were benzene, phenol, cresol, toluene, methyl anisole, and dimethyl phenol. Trace amounts of heavier aromatic products such as xylenes and trimethylbenzenes were also detected. Methane was the only light hydrocarbon by-product observed. The typical mass and carbon balances were closed within 100 ± 5%. Main product selectivities are plotted in Fig. 9(c, d) . The deoxygenated product (benzene, toluene) selectivity exhibited a decreasing trend, just like the anisole conversion with the time on stream whereas the phenolic product (phenol, cresol, dimethyl phenol) selectivity increased. The presence of traces of xylenes and trimethylbenzenes implies further methylation of the aromatic ring. All investigated catalysts exhibited negligible selectivity towards aromatic ring hydrogenation in present range of operating conditions, except the formation of some traces of cyclohexene (< 1% selectivity). Hence, all catalysts exhibited high hydrogenolysis to hydrogenation ratio, see Table 3 .
As can be seen in Table 3 , there was no significant difference between the product selectivities over the investigated catalysts at an isoconversion level of 40%. The performance of the catalysts investigated in the present work is in line with what has been reported for MoO 3 materials tested under similar HDO conditions [10] .
Intrinsic kinetic data suggest that anisole transformation under present hydrotreating conditions occurs through a complex reaction network and that the investigated catalysts exhibit very high hydrogenolysis to hydrogenation ratio. To determine the reaction pathway, the evolution of product selectivities with space-time as well as temperature was investigated (S.I. Fig. 6 ). Also, the results from the catalyst stability experiments, i.e., the evolution of product selectivity with time on stream, see Fig. 9(c, d) , contributed to this reaction mechanism elucidation. A reaction pathway that is consistent with the observations made on all catalysts is shown in Fig. 10 . It is in line with earlier work reported in the literature for anisole HDO [66] [67] [68] [69] [70] [71] [72] . Anisole conversion at the present reaction conditions mainly proceeds via hydrogenolysis and methyl transfer reactions. The direct deoxygenation product, methanol, was not observed in the product stream at all conversion levels, suggesting that catalysts are more selective in cleaving C aliphatic e O bonds than C aromatic eO bonds in anisole [71, 73] . This C aliphatic eO bond is indeed weaker than the C aromatic eO bond, i.e., the one connecting the methoxy group to the aromatic ring [5, 74] . Initially, anisole is converted into phenol through demethylation by cleaving the C aliphatic eO bond followed by hydrogenolysis of the C aromatic eOH bond to produce benzene, which involves a partial hydrogenation of the phenolic ring near the C aromatic eOH bond, resulting in the temporary removal of the delocalization effect followed by rapid dehydration [25, 69] . It results in the formation of benzene and water. Further, aromatic hydrogenation of benzene to cyclohexene was found to be very limited i.e., selectivity < 1% at the operating conditions used, and irrespective of the conversion levels. Fully hydrogenated products, i.e., methoxycyclohexane and cyclohexane were not observed at all. These results indicate that the present Mo catalysts possess an insignificant activity for aromatic ring hydrogenation, which is in agreement with prior HDO experimentation and, hence, can be considered as a typical feature of Mo based catalysts, in contrast with, e.g., Ni based ones . High-resolution XPS of Mo 3d doublet transition of 12MoO 3 (fresh and reduced at 350°C), 12Mo550, and 12Mo700 samples. A shorter measuring time was used to limit beam reduction for 12MoO 3 fresh and reduced samples.
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Chemical Engineering Journal 335 (2018) 120-132 [9] [10] [11] 17, 20, 72, 75] . Another substantial route observed at the present operating conditions during the conversion of anisole is transalkylation. The ease of the C aliphatic eO bond cleavage and the moderate acidity of the catalysts promote methyl transfer reactions, i.e., demethylation of anisole and methylation onto the aromatic ring [76, 77] . The produced data also imply the simultaneous occurrence of intermolecular and intramolecular methyl group transfers, e.g., formation of methyl anisole, cresol, and dimethyl phenol. Cresol further transforms into toluene through direct hydrogenolysis, see Fig. 9(d) . In similar way, xylenes are formed from dimethyl phenol. Further aromatic ring methylation was also found to occur but only in trace amounts producing tri-methylated benzenes.
Catalyst activity-structure correlation
The activity of Mo catalysts is determined by the Mo dispersion as well as the nature of active sites. It is reported that for the formation of a monolayer on support surface, 0.16 wt% of MoO 3 is required per m 2 /g of the support [37, 78] . The surface area of zirconia used for support amounts to 98.5 m 2 /g and, hence, the amount of MoO 3 required for monolayer coverage is 15.8 or 10.5 wt% of Mo. From the XRD data, it is understood that as the Mo loading increases to 12 wt%, crystallites start to grow as the Mo coverage on the support surface reaches beyond mono layer capacity [40, 57] . It has been reported that at lower Mo loadings, Mo-oxide exists as small patches of two-layer thickness on the support and upon reduction, coordinatively unsaturated sites will be created at the edges of these patches through oxygen removal [40, 58, 79] . Further increase in Mo loading leads to an increase in number of such patches, eventually covering the support surface to a monolayer level. Beyond which, the patches grow three dimensionally and result in crystallites thus decreasing the Mo dispersion. The present results can be explained with the help of the above concepts. At 7 wt% Mo loading, MoO 3 and Zr(MoO 4 ) 2 exist as amorphous polymolybdates and at 12 wt% small MoO 3 crystallites are present. As Mo loading reaches 19 wt%, intense crystalline MoO 3 peaks emerge along with mixed oxide Zr(MoO 4 ) 2 crystal peaks, see Fig. 1 . The intermediate Mo level loaded catalyst, i.e. 12MoO 3 , exhibited the highest activity per catalyst mass, see Fig. 11(a) . This can be explained by the relatively higher amounts of exposed Mo on the catalyst surface at 12% Mo loading compared to other two Mo loadings and, hence, a maximum availability of active sites on this catalyst [35] , see S.I. C. Ranga et al. Chemical Engineering Journal 335 (2018) [120] [121] [122] [123] [124] [125] [126] [127] [128] [129] [130] [131] [132] reducible Mo species increases with the Mo loading, see Table 2 , however, relative to the total Mo amount a maximum number of active sites is available on 12MoO 3 at the tested operating conditions for anisole HDO, even resulting in higher anisole conversions. On the catalyst with 19 wt% Mo loading, the development of MoO 3 and mixed oxide, Zr (MoO 4 ) 2 , crystals results in a reduced availability of active Mo sites. It has been reported that the activity of MoO 3 catalysts originates from the creation of oxygen vacancies (i.e., MoO 3−x ) through catalyst pretreatment [9, 80, 81] . Moreover, oxygen vacancy creation capacity is closely related to the hydrodeoxygenation ability in similar catalysts [19] . It is understood from in-situ XRD measurements (Fig. 4 and S.I. Fig. 4 ) that Zr(MoO 4 ) 2 is more easily reducible than MoO 3 . The adequate reducibility of the mixed oxide, Zr(MoO 4 ) 2 , as well as MoO 3 to create necessary oxygen vacancies is critical in improving the overall catalyst performance. Activity per catalyst mass is proportional to the number of Mo sites calculated through CO chemisorption. The activity trend with Mo loading is similar at all three investigated temperature levels, see Fig. 11(a) . At higher temperatures, the difference in anisole conversion is much more pronounced than at lower temperatures. As can be seen in Fig. 11(b) , 12MoO 3 produced the highest yield in HDO (Y HDO ) products amongst the oxide catalysts, which is attributed to the corresponding high conversion of anisole over this catalyst, see Fig. 11(a) . To determine the TOF over the above catalysts, their activity is normalized to the amount of active sites calculated through CO chemisorption.
As seen in Fig. 12(a) and S.I. Fig. 7(a) , 7MoO 3 exhibited a higher TOF anisole and product yield per site compared to higher Mo loaded (i.e., 12 and 19%) catalysts. The comparison of the activity per catalyst mass with TOF indicates that the number of active sites increases with Mo loading and reaches a maximum at 12 wt% Mo (S.I. Fig. 12(b) , S.I. Fig. 7(b decreased the anisole conversion but retained relatively same TOF. An adequately reduced and stable Mo state is the target property for present Mo catalyst material under oxygenates HDO reaction conditions [10, 17] .As shown in Fig. 9(b) , the total conversion decreases with the post-synthesis modification, yet the TOF increases, see Fig. 12(b) , which is attributed to the development of defects in the Mo oxide structure due to treatment under H 2 /CH 4 . It is reported that an increase in Mo 4+ concentration decreases the overall activity of Mo catalysts for oxygenate HDO [10, 30] . The decrease in activity displayed in Fig. 9(b) , see also section 3.2.1, among different 12 wt% Mo catalysts can be attributed to the increase in Mo 4+ , which has also been observed through XRD (S.I. Fig. 3(a) ) and XPS (Fig. 6) analyses of Mo550 and Mo700 catalysts. The differences in catalytic performance between monoclinic and hexagonal MoO 2 are considered negligible in view of the low activity of MoO 2 . The low overall activity exhibited by 12Mo700 in comparison to 12Mo550 is attributed to the presence of a higher amount of Mo 4+ or MoO 2 present. Hence, it can be deduced that the creation of strong Mo active sites for an oxygenate HDO highly depends on appropriate tuning of H 2 pre-treatment coupled with post-synthesis modifications for the catalysts. The evolution of surface composition, catalytic functionality in an oxygenate environment presents unique challenges in studying the structural and chemical changes of these materials and highlights the critical importance of an in-situ catalyst transformation study in assessing the active site requirements in these materials for bio-oil HDO.
The morphology of the catalyst materials is intact even after 100 h on stream. No evidence of sintering is identified, see S.I. Fig. 8 . Increase in carbon content was observed on catalysts after 100 h TOS under anisole HDO conditions, see S.I. Table 3 and S.I. Table 4 . The excess carbon could suggest poly-condensation of oxygenate feed and/or product on the catalyst surface, covering the actives sites. This could be a reason for the initial decrease in anisole conversion.
Conclusions
A series of ZrO 2 supported Mo oxide catalysts were prepared and characterized by a wide range of physicochemical techniques and their catalytic activity was evaluated using anisole hydrodeoxygenation as a model reaction. While MoO 3 ) was observed over the 7 wt% Mo catalyst(s). Mo550 and Mo700 showed relatively higher stability as well as TOF compared to MoO 3 catalysts. Hydrodeoxygenation only occurred as a secondary reaction preceded by methyl transfer reactions yielding phenol and cresol. Aromatic hydrogenation was limited in the investigated range of operating conditions, also indicative of low hydrogen consumption. Product selectivity was found not to be affected by the deployed Mo loading and catalyst preparation conditions. Overall, the investigated materials exhibited up to 50% selectivity towards hydrodeoxygenation during anisole HDO with an adequate stability making them potential alternatives for metal sulfide and noble metal catalysts.
